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Abstract

The catalytic partial oxidation of methane (CPOM) to synthesis gas was carried out in ®xed-bed and ¯uidized-bed

membrane reactors over a Ni/a±Al2O3 catalyst. For gas separation silicalite membranes inside an alumina and a porous

stainless-steel matrix were synthesized and applied in the catalytic measurements. Moreover, a membrane obtained by

deposition of palladium on the stainless-steel silicalite membrane was tested. The zeolite membranes were stable in the whole

investigated temperature range (700<T<7508C). The Pd-membrane was not stable; palladium layer did not withstand

temperatures above 6508C. In the catalytic measurements in the ®xed-bed reactor and in the ¯uidized bed

�PCH4
� 66:6 kPa;PO2

� 33:3 kPa, mcat/V�14 gs/ml) nearly thermodynamic equilibrium was achieved. However, neither

in the ®xed-bed reactor nor in the ¯uidized-bed membrane reactor an improvement in the syngas yield by means of the

integrated product separation could be achieved. In the ®xed-bed membrane the unselective separation of methane was

detrimental for methane conversion. In the ¯uidized-bed membrane reactor the amount of permeated hydrogen was not

suf®cient to shift signi®cantly the equilibrium towards higher syngas yield. However, in the ¯uidized-bed membrane reactor

signi®cant better selectivities of separation were achieved. # 1998 Elsevier Science B.V.

1. Introduction

The catalytic partial oxidation of methane (CPOM)

is a new promising route for producing synthesis gas.

Membrane reactors have been proposed as reaction

engineering mean for achieving at low temperatures

(T<10008C) and high pressures (P>20 bar) high con-

versions of methane and yields to synthesis gas.

Several experimental studies con®rmed that by per-

forming the CPOM reaction with integrated product

separation the thermodynamic constraints can be over-

come. However, in order to eliminate high tempera-

ture spikes ®xed-bed membrane reactors could be

operated only with highly diluted feed. Furthermore,

this reactor type suffered from the catalyst deactiva-

tion. Against this background a ¯uidized-bed reactors

equipped with palladium or porous membranes has

been proposed [1]. The simulation study performed

for the ®xed-bed and ¯uidized-bed reactor equipped

with porous membranes (see Part I [2] ) indicated that

in the ¯uidized-bed reactor even higher syngas yields

can be obtained than in the ®xed-bed membrane
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reactor. The work presented in this paper aimed at the

qualitative experimental validation of the conclusions

drawn from the previous simulation studies [2]. In

order to achieve this goal the catalytic partial oxida-

tion of methane over a Ni/a±Al2O3 catalyst was

investigated in the atmospheric-pressure ®xed-bed

and in the ¯uidized-bed membrane reactors.

The experimental work in the laboratory-scale reac-

tors was preceded by the development of suitable

membranes. The membranes were investigated with

respect to their thermal and mechanical stability.

Furthermore, the effect of the integrated product

separation on the catalytic performance was studied,

focusing on gas separation selectivity by means of

ceramic membranes. Membranes for application in the

reactors for partial oxidation have to operate under

severe reaction conditions, i.e., at temperatures from

700 to 9008C and high concentrations of water. In

order to prevent carbon deposition due to the methane

pyrolysis and Boudouard reaction they should not be

catalytically active. Since an industrial-scale reactor

for the CPOM reaction has to be operated at high

pressures, the mechanical resistance of the membrane

is an important factor, especially when the separation

is driven by the total pressure in the reactor. Further-

more, in case of the gas separation in a ¯uidized-bed

reactor the membrane should be resistant to pressure

¯uctuations. These ¯uctuations are known to be

responsible for the vibration of buf¯es immersed in

the bed, e.g. vibration of tubes of a heat exchanger.

Finally, from the safety reasons the sealing of the

membranes can be a limiting factor for scale-up of

membrane reactors.

All these demands can be ful®lled when applying

separation tubes made of palladium. The Pd-mem-

branes were successfully applied by Adris et al. [3] in

a steam reformer. This solution suffers, however, from

the high investment costs and low permeation rates;

the permeation rates decreases with thickness of the

wall [1]. In several studies ceramic membranes have

been proposed as promising alternative to the massive

Pd-tubes. However, the selectivity of the porous mem-

branes is signi®cantly lower than those of the Pd-

membranes. Investigations of oxidative coupling and

partial oxidation of methane con®rmed a high thermal

stability of the membranes made of porous alumina

[4,5]. Ioannides and Verykios [6] reported that when

applying dense silica membranes on Vycor glass tube

(dpore�40 AÊ ) in the temperature range from 500 to

7008C for dry reforming of methane and the CPOM

reaction constant permeation rates as well as high

selectivity of separation were achieved. However,

when the membrane was exposed for several days

to water the permeance of hydrogen decreased by

50%, indicating that the dense membrane was not

stable at high partial pressures of water. Finally,

asymmetric zeolite silicalite membranes can be used

[7]. The low pore diameter (dpore�5.5 AÊ ) leads to high

selectivities of hydrogen separation. However, the

experience with application of zeolite membranes in

high temperature processes is until now very limited.

Against this background silicalite and supported

palladium membranes that consisted of layer of

palladium on a porous support were selected as the

most promising types for application in the CPOM

reaction.

2. Experimental

2.1. Catalyst and reactors

2.1.1. Catalyst

In both ®xed-bed and ¯uidized-bed reactors the

CPOM reaction was studied over Ni/a±Al2O3 cata-

lysts. The catalysts were prepared by incipient wetness

method. The support (g-Al2O3)was calcined in air

(T�13008C) to get a-Al2O3, treated with NiCO3-

solution and calcined at 9008C. Directly before the

reaction the catalyst was reduced in a mixture of

nitrogen and hydrogen (1:1, _VSTP � 1:61=min). The

temperature for the reduction was increased in four

steps from 100 to 4008C, followed by 4 h at 4008C.

In the ®xed bed, a catalyst with a Ni loading of

17% was applied after sieving from 200 to 300 mm.

In the ¯uidized bed, a catalyst with a Ni loading

of 5% sieved to particles with a diameter ranging

from 160 to 255 mm was used. The BET-area (N2

ads. at 77 K) amounted for both catalysts to approx.

1 m2/g.

2.1.2. Fixed-bed membrane reactor

The laboratory-scale (i.d.�2.5 cm, L�25 cm)

®xed-bed reactor was made of Inconel (see Fig. 1(a)).

The temperature was controlled by heating the reactor

walls from outside. The ceramic silicalite membrane
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(i.d.�7 mm, L�25 cm) was placed inside the reactor

and sealed by means of graphite rings. The membrane

was permeable only in a window that was 5 cm long;

the other parts of the membrane were kept imperme-

able by enamel. The catalyst (0.86 g, diluted 1:2

with quartz) was placed inside the membrane at the

position of the permeation window. Helium was

used as the sweep gas through the shell side of the

membrane in co-current direction. Gas ¯ow rates of

reactants CH4 and O2 were stabilized by means

of mass-¯ow controllers. For measuring the tempera-

ture pro®les, a thermocouple was placed in a

stainless-steel tube inside the internal compartment.

The details of the reactor design are presented

elsewhere [8].

2.1.3. Fluidized-bed membrane reactor

The ¯uidized-bed reactor with the inner diametere

of 5 cm was made of quartz. In the preheating section,

the mixed feed gases CH4 and O2 were heated to

3008C before distributing them through a porous

quartz plate distributor (dpore�40±90 mm). The tem-

perature in the bed was controlled by heating the

catalytic section from outside. In order to reduce

particle loss a disengaging section and an internal

cyclone were located at the top of the reaction zone.

For measuring the temperature pro®les, thermocou-

ples within a quartz tube were located in two axial

positions of the ¯uidized-bed. The details of the

reactor design and of the measurements system are

presented elsewhere [9]. The stainless-steel silicalite

Fig. 1. Design of the (a) fixed-bed membrane reactor and (b) the fluidized-bed membrane reactor.
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membrane (o.d.�1.6 cm, L�10 cm, see Fig. 1(b)) was

connected to stainless-steel tubes by means of weld-

ing. The membrane was placed directly above the gas

distributor in the catalyst bed (Hmf�15 cm). The

membrane immersed in the ¯uidized bed was swept

with nitrogen in co-current mode.

2.1.4. Gases and Gas Analyses

Methane (99.95%), oxygen (99%), helium

(99.999%) and nitrogen (99.99%) were supplied

from commercial cylinders. The gases were mixed

and fed to the different reactor types without further

puri®cation. Product gas composition was analyzed by

gas chromatography after water was removed by

cooling traps. Additionally, volumetric ¯ows at both

reactor exits, i.e. reactor side and sweep side, were

measured. Water was calculated based on the hydro-

gen balance. Both reactors were operated in the

co-current mode. Three analyses were taken for each

reaction condition and reactor outlet. The accuracy of

the carbon and oxygen balance amounted to 3 and 5%,

respectively.

2.2. Experimental procedure and reaction

conditions

2.2.1. Experimental procedure

In the ®rst stage of the experiments the reactors

were heated in helium (®xed-bed) and nitrogen (¯ui-

dized-bed), respectively. When reaction temperature

had been reached, the ¯ow of the inert gas was reduced

and methane was added. After 2 min, oxygen was

added and the bed temperature was controlled. In the

¯uidized-bed reactor nitrogen was switched off. In the

®rst series of experiments the compositions of the

product gas was analyzed by performing the reaction

without using the membranes for product separation

(closed membrane outlets). In the ®nal stage of the

experiments the membranes were opened, sweep gas

(helium or nitrogen) was switched on and the gas

composition at the reactor outlet, the composition of

the permeate as well as the volumetric ¯ows of both

gas stream were measured.

For the membrane reactors the selectivity of separa-

tion was calculated by setting the concentration of

hydrogen in the sweep gas equal to one and the

concentrations of the other components in relation

to the hydrogen concentration.

2.2.2. Reaction conditions

The CPOM was carried out at 700 and 7508C. In the

¯uidized-bed reactor the partial pressures of methane

and oxygen amounted to 66.6 and 33.3 kPa, respec-

tively. In the ®xed-bed reactor the feed gas contained

methane, oxygen and helium. The partial pressures

amounted to 42.2, 21.1 and 36.7 kPa, respectively. The

catalyst in the ®xed-bed reactor was diluted with

quartz (1:2) to minimize temperature spikes.

3. Synthesis and characterization of the
membranes

3.1. Membrane preparation

3.1.1. Silicalite membranes

For the supported zeolite membranes two different

supports were applied, i.e. an alumina support and a

porous stainless-steel support. The alumina support

(o.d.�1 cm, L�25 cm) was provided by the SCT

company. The membrane on this support was applied

in the ®xed bed. The stainless-steel membrane

(o.d.�1.6 cm, L�10 cm) was developed for achieving

mechanical stability and good sealing ability.

Before the synthesis, the stainless-steel membrane

support was ®rst treated for 15 h in air at 8008C. The

preparation of the silicalite structure inside the cera-

mic and stainless steel support is a three step process.

In the ®rst step, oligomeric Si-species were obtained in

an alkaline solution. This solution was aged for several

days. In the second step the supports made of alumina

and stainless-steel, respectively, were hydrothermally

treated with the solution for several days at 1808C. The

third step is the removal of the organic template. These

steps were described in details by Giroir-Fendler et al.

[10].

3.1.2. Palladium membrane

In this membrane, palladium was deposited on the

porous silicalite stainless-steel tube. In order to pre-

vent erosion effect in the ¯uidized bed, palladium was

deposited inside the membrane tube. For palladium

deposition a modi®ed technique of Shu et al. [11] was

applied. It consists of (i) activating the support and (ii)

deposing and reducing auto-catalytically the palla-

dium on the activated surface. The amount of depos-

ited palladium was calculated based on the mass

difference before and after the palladium deposition.
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3.2. Characterization and testing of membranes

3.2.1. Characterization of membranes

For testing, if the silicalite structure was fully

developed the permeance of nitrogen ��PN2
�2 bar)

was measured. The macroporous stainless-steel sup-

port as well as the silicalite stainless-steel membrane

with and without palladium deposition were further

characterized by SEM-photographs. The SEM-photo-

graph of the stainless-steel support (Fig. 2(a)) shows

pores with the equivalent diameter between 5 and

40 mm. The surface of the membrane after the

®rst stage of silicalite deposition on the support

(Fig. 2(b)) illustrates the process of support covering

with silicalite. The zeolite layer exhibits a narrow

pore-size distribution with the average pore diameter

of 5.5 AÊ (see [10]). The SEM photograph for silicalite

membrane with palladium deposition (Fig. 2(c))

showed that small palladium clusters (average dia-

meter: 5±10 mm) are deposited onto the silicalite

structure. The thickness of the palladium layer,

calculated from the mass difference before and

after synthesis and the density of palladium, amounted

to 2.6 AÊ .

3.2.2. Stability of membranes

The silicalite membranes exhibited high thermal

and mechanical stability. After more than 100 h of

operation in the ¯uidized-bed membrane reactor at

temperatures between 700 and 7508C a constant

selectivity of separation was measured. In spite of

different thermal expansion of steel and zeolite the

layer of silicalite was not apparently damaged. Also,

carbon deposition in the membrane which can result in

pore blockage was not detected. However, a slow

deposition of carbon cannot be excluded.

The observed stability of the membranes is in line

with results obtained with stainless-steel silicalite

membranes at low temperatures. Bakker et al. [12]

found that at T<3508C the permeation rate did not

change signi®cantly with time, i.e., less than 10% in

1.5 year. Casanave et al. [7] applied the same type of

silicalite ceramic membrane than used in this study for

the dehydrogenation of i-butane at temperatures up to

4508C and constant reactor performance was reported.

Since the membrane applied in this study was used up

to 7508C, it is dif®cult to compare its stability with low

temperature systems.

After palladium deposition, the separation selectiv-

ity applying the same conditions was found similar to

the selectivity of the silicalite membrane, i.e. no

preference for hydrogen permeation was detected

during the CPOM reaction (Fig. 3). This result sug-

gests either that the Pd impregnation within the zeolite

pores was only partial, leaving numerous pores free

from metal particles, or that the palladium ®lm on the

surface of the stainless-steel silicalite membrane was

not stable. The latter effect could be due to the

detachment of the palladium ®lm from the silicalite

layer inside the stainless-steel tube at high tempera-

tures. Literature analysis showed that composite pal-

ladium membranes were always used at temperatures

signi®cantly below 6008C [13±15]. Against this back-

ground only porous membranes were used for the

catalytic measurements.

4. Catalytic measurements

4.1. Fixed bed reactor

4.1.1. Long time stability

No deactivation of catalyst was detected for more

than 100 h on stream. This stability could be due to the

large amount of catalyst (overcapacity) compared to

the low partial pressure of reactants applied in the

®xed-bed experiments.

4.1.2. Temperature profiles

In the ®xed-bed reactor steep temperature gradients

were observed (see Fig. 4). The pro®les were inde-

pendent from the ¯ow rate of the sweep gas. For an

inlet temperature of 7008C the temperature in the bed

increased to maximum value of 7168C. Since the

reactor was operated in the polytropic mode the

increase of the temperature was lower than the adia-

batic temperature rise that amounted to 237 K for an

inlet temperature of 7008C. Down-stream to this hot

spot that was measured at z/L�0.25 the temperature

dropped to 6758C, i.e. below the inlet value. In the

back end of the reactor (z/L>0.41) no further change of

the temperature occurred. The temperature pro®le for

7448C gas inlet temperature was similar to the pre-

viously described one. In both cases, the temperature

down-stream to the hot spot was lower than the

temperature of the heating elements.
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Fig. 2. SEM-photographs of the (a) stainless-steel support, (b) the stainless-steel support after the first deposition of silicalite and (c) the

palladium deposited stainless-steel silicalite membrane.
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The measured temperature pro®les are in line with

the consecutive reaction scheme, i.e. exothermic com-

bustion of methane followed by the steam- and dry

reforming of methane. Similar pro®les and even

higher temperature spikes were reported also by other

investigators. Heitnes et al. [16] measured in the ®xed

bed temperature spikes between 60 and 80 K. Santos

et al. [5] reported for the ®xed-bed membrane reactor

temperature increase of 55 K. When assuming that the

increase of the temperature was related to the avail-

ability of oxygen the contact time that was required for

complete conversion of oxygen amounted to about

0.5 g s/ml.

4.1.3. Selectivity of separation

In the ®xed-bed membrane reactor the concentra-

tion of methane in the sweep gas at 7008C was almost

equal to the concentration of hydrogen (Fig. 5(a)).

Oxygen was not detected. The concentration of water

could not be measured directly since it was removed

by cooling traps. When reaction temperature was

increased to 7508C (Fig. 5(b) the concentration of

methane in the sweep gas in the ®xed-bed membrane

reactor decreased signi®cantly, as expected from

higher reaction rate and lower equilibrium methane

concentration.

4.1.4. Catalytic performance and permeation rates

In the ®xed-bed reactor operated without product

separation, i.e. closed sweep gas outlets, nearly equi-

librium conversions were achieved. At gas inlet tem-

peratures of 700 and 7508C methane coversions of 85

and 91%, respectively, were measured, they were

Fig. 3. Separation selectivity of the silicalite membrane and the

palladium-silicalite membrane at 7008C.

Fig. 4. Temperature profiles measured in the fixed-bed and the

fluidized-bed membrane reactors at 700 and 7508C (Fix -BMR:

fixed-bed membrane reactor; Fluid. -BMR: fluidized-bed mem-

brane reactor).

Fig. 5. Separation selectivity of the silicalite membranes installed

in the fixed-bed and the fluidized-bed membrane reactor at (a) 700

and (b) 7508C (Fix-BMR: fixed-bed membrane reactor; Fluid.-

BMR: fluidized-bed membrane reactor).
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close to the equilibrium conversions which were

calculated for the hot-spot temperature (716 and

7558C) and amounted to 86 and 92%, respectively.

Also the experimental selectivities to carbon monox-

ide of 92 and 97% were close to the equilibrium ones,

i.e. 91 and 95%. These results are in line with literature

data, i.e. several groups reported that within experi-

mental errors thermodynamic equilibrium was

reached in similar systems (see, for instance, [17±20]).

When integrated product separation took place

(with sweep gas in the external compartment), the

conversion of methane in the ®xed-bed reactor

decreased to 71 and 81% at 700 and 7508C, respec-

tively. The decrease of methane conversion was

caused by the low selectivity of separation, i.e. large

amounts of methane were removed from the catalytic

bed through the membrane and therefore could not be

consumed in the reforming steps (see Fig. 5). Ioan-

nides and Verykios [6] who reported an increase in

methane conversion from 72 to 95% at 7008C
(CH4:O2:N2�2:1:0) also observed a strong depen-

dence of the performance of the membrane reactor

on the residence time. The performance of the ®xed-

bed reactors equipped with porous membranes could

be improved by placing the catalyst upstream to the

permeable zone of the membrane; equilibrium gas

composition, i.e. a low concentration of reactants and

a high one of products should be reached before the

separation takes place. This method was applied by

Santos et al. [5] who carried out the CPOM in a ®xed-

bed membrane reactor (i.d.�6.6 mm, ceramic mem-

brane); they deposited silica into the ®rst part of the

membrane and reported an increase in methane con-

version from 96 to 97.8% at 8008C and from 95 to

97.7% at 7758C (CH4:O2N2�2:1:1).

4.2. Fluidized-bed reactor

4.2.1. Long time stability

No deactivation of catalyst was detected for more

than 100 h on stream. The constant activity of the

¯uidized-bed reactor system was also reported by

other investigators who studied the CPOM reaction

over nickel catalysts in laboratory-scale (i.d.�2.4±

5 cm) ¯uidized-bed reactors [17,21,22]. The stable

catalytic performance of the ¯uidized-bed reactors

was explained by the solids motion in this reactor

type. Circulation of solids cause that deactivated

particles are transported from the upper part of the

bed to the oxygen rich distributor zone where carbon

deposits are combusted.

4.2.2. Temperature profiles

In contrast to the steep temperature gradients in the

®xed-bed membrane reactor almost isothermal con-

ditions were achieved in the ¯uidized-bed membrane

reactor. However, a strong decrease of temperature

was observed in the freeboard. Isothermal operation

when performing the CPOM reaction in the labora-

tory-scale ¯uidized beds were also reported by other

investigators [17,18,22]. The isothermicity of the cat-

alytic bed in the reactor investigated in this work

indicate that the circulation of the solids was not

in¯uenced by the membrane.

4.2.3. Bed hydrodynamics

In order to interpret results obtained in the ¯uidized-

bed reactor its hydrodynamics should be character-

ized. The particles of the Ni/a±Al2O3 catalyst with

dp�200 mm belong to group B according to the clas-

si®cation of Geldart. Therefore, at gas velocities (u0/

umf�3.4) applied in the experiments bubbling bed can

be expected. However, when calculating bubble dia-

meter from the correlation of Werther [23] the dia-

meter increases from 0.5 cm at the gas distributor to

about 3.5 cm at the height of 18 cm. Since the distance

between reactor wall and membrane/stainless-steel

tube amounted to 1.7 cm, slugging has to be expected

in the upper part of the bed (H>9 cm). This should lead

to a decrease in the separation selectivity compared to

the freely bubbling bed since no `pre®ltering' by the

mass transfer limitation between bubble and the emul-

sion phase was present.

4.2.4. Selectivity of separation

The separation selectivities of the silicalite mem-

brane in the ¯uidized-bed membrane reactor are pre-

sented in Fig. 5 for 700 and 7508C, respectively. For

all temperatures the measured selectivities of separa-

tion in the ¯uidized-bed membrane reactor were

higher than in the ®xed-bed membrane reactor. Like

in the ®xed-bed the concentration of methane

decreased with increasing temperature due to the

change of the equilibrium concentration.

In order to elucidate the mechanism of gas permea-

tion the measured selectivities of separation were
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compared with those calculated by applying correla-

tions proposed for the Knudsen diffusion [24]. For

calculating permeation rates the experimentally mea-

sured concentration pro®les were used. For a tem-

perature of 7008C the calculated selectivities of

separation are presented in Fig. 6. For all temperatures

the measured selectivities of separation in the ¯ui-

dized-bed membrane reactor correlated well with the

calculated values. This indicates that the transport of

gas in the membrane was mainly controlled by Knud-

sen diffusion. The Knudsen-like transport mechanism

in the supported silicalite membranes at high tem-

peratures (T>4008C) was also reported by Giroir-

Fendler et al. [10].

4.2.5. Catalytic performance and permeation rates

In the ¯uidized-bed reactor, methane conversions

amounted to 76 and 87%, respectively, for 700 and

7508C. The corresponding equilibrium conversions

amounted to 79 and 88%. The experimental hydrogen

selectivities were determined to 88 and 92% for 700

and 7508C, respectively. The equilibrium ones were

calculated to 92 and 95%. Carbon monoxide selectiv-

ities were also close to equilibrium values, i.e. 82 and

88% experimental values compared to 88 and 94%

equilibrium ones for both temperatures.

Due to the low permeation rates compared to the

total ¯ow rate of gas no signi®cant effect of product

separation in the ¯uidized bed on syngas yield was

detected. The permeation rates of the stainless-steel

silicalite membranes of hydrogen estimated from

concentrations in the emulsion phase and in the sweep

gas amounted to 1.16�10ÿ7 and 1.20�10ÿ7 mol (m2 s

Pa)ÿ1 at 700 and 7508C, respectively. For methane,

values of 2.82�10ÿ7 and 2.33�10ÿ7 mol (m2 s Pa)ÿ1,

respectively, were calculated for both temperatures.

Permeation rates of same order were reported by

Giroir-Fendler et al. [10] for silicalite membranes

on an alumina support, e.g. for hydrogen at 4008C
a permeability of 8.2�10ÿ7 mol (m2 s Pa)ÿ1 was deter-

mined. The permeation rates determined in this work

and the ones reported by Giroir-Fendler et al. are even

closer when taking into account that with increasing

temperature the permeability of hydrogen decreases.

4.2.6. Target permeation rates

In order to estimate the permeation rates that are

necessary for achieving a marked improvement of the

syngas yield simulations of a laboratory-scale reactor

applying the previously developed model (see Part I

[2]) were performed. Furthermore, the Peclet number

(see [25]) which is given by the ratio of the molar ¯ow

rate at the reactor inlet and the permeation rate was

calculated.

In the investigated ¯uidized-bed membrane reactor

the Peclet number amounted to 34. This value is very

high compared to the value of 1.4 that was applied in

the previous simulations (see Part I [2]). In the ¯ui-

dized-bed, the low Peclet numbers have to be achieved

by increasing the amount of permeated gas; the other

possibility, the reduction of gas ¯ow, is limited due to

the fact that the gas velocity has to be higher than the

minimum ¯uidization velocity. Also the results of

simulations indicate that for the reaction conditions

used in this work the separation rate had to be sig-

ni®cantly increased, e.g. at 7008C by factor 35 in order

to achieve an increase in methane conversion form 80

to 87%.

Similar problems can be deduced from the results

reported by steam reforming in a ¯uidized-bed mem-

brane reactor. Low Peclet numbers (Pe�2.2±4)

assumed in simulations resulted in the signi®cantly

increase of methane conversion, e.g. from 67 to 88% at

22.5 bar and 7638C [3]. However, in the 9.7 cm i.d.

¯uidized-bed reactor equipped with 12 palladium

tubes conversions for methane at 7 bar and 6528C
was increased by means of the integrated product

separation only from 69 to 70.3% [3]. The Peclet

number estimated from data presented in their paper

amounted to 81.

Fig. 6. Comparison of measured separation selectivities in the

fluidized-bed membranes reactor and the calculated selectivities

assuming Knudsen diffusion for 7008C.
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5. Conclusions

Catalytic partial oxidation of methane to synthesis

gas over a Ni/a±Al2O3 catalyst was investigated in

laboratory-scale ®xed-bed and ¯uidized-bed mem-

brane reactors. In the reactors operated at 700 and

7508C, and at atmospheric pressure two different

membranes were tested, i.e. silicalite and Pd-mem-

branes on a ceramic cupport. The silicalite membranes

exhibited over more than 100 h of operation high

thermal stability. No improvement in separation prop-

erties was obtained with Pd-membrane. Further works

are in progress to improve the membrane with respect

to thermal stability and the location of Pd deposits

within the zeolite layer.

In the catalytic measurements either in the ®xed-

bed or in the ¯uidized-bed reactor, nearly thermody-

namic equilibrium was achieved. The analysis of the

separation selectivities in both types of reactor con-

®rmed the conclusions reached in the simulation

studies [1,2]: in ¯uidized-bed membrane reactors

signi®cant better separation selectivities to hydrogen

permeation could be obtained. However, neither in the

®xed-bed membrane reactor nor in the ¯uidized-bed

membrane reactor the amount of permeated hydrogen

was suf®cient to shift signi®cantly the equilibrium

towards higher syngas yields. However, it can be

forecast from the present study that by improving

the selective permeability of the membrane a ¯ui-

dized-bed membrane reactor can be considered as a

promising alternative for the partial oxidation of

methane.

6. Notation

CPOM catalytic partial oxidation of methane

to synthesis gas

dpore pore diameter (mm)

Fix-BMR fixed-bed membrane reactor

Fluid-BMR fluidized-bed membrane reactor

H axial reactor height (m)

Hmf catalyst bed height at minimum flui-

dization (m)

i.d. inner diameter (m)

L reactor length (m)

mcat catalyst mass (g, kg)

o.d. outer diameter (m)

pj partial pressure of component j (Pa)

Pe Peclet number (±)

T temperature (8C, K)
_V volumetric flow (1/min)

z/L dimensionless reactor length (±)
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